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Abstract
The development trend of Fischer–Tropsch (F–T) technology is to develop high value-added products. The separation of 
linear α-olefins with low cost is an effective method. Nevertheless, the lack of thermodynamic data and the huge energy 
consumption are the two main problems restricting the development of the separation process. The thermodynamic data 
of the key components (1-dodecene and n-dodecane) in the F–T product were measured. The Wilson binary interaction 
parameters of the key components were obtained. Next, one traditional distillation column sequence and two dividing wall 
column (DWC) sequences were designed to separate the F–T heavy oil to obtain narrow fractions with different carbon 
numbers. Then, the obtained fractions of C10 and C12 were simulated to obtain 1-decene and 1-dodecene, respectively. 
There was a traditional distillation and a differential pressure thermal coupling distillation process. When separating 95.0% 
purity 1-decene and 1-octene, the direct DWC process and differential pressure thermal coupled distillation are an excellent 
combination, which can reduce the energy by 33.1% (i.e., 11,286 kW) and total annual cost by 15.9% (i.e., 3.96 × 106 $) 
compared with traditional distillation.
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1  Introduction

The Fischer–Tropsch (F–T) synthesis process (Fischer and 
Tropsch 1923; Leckel 2009) is a process of directly or indi-
rectly converting solid energy into liquid fuels or chemicals. 
The process is mainly the coal-to-oil process. However, if 
liquid fuels are the main product, there is no competitive 

when oil prices are low (Choi 1997; Dry and Steynberg 
2004). The F–T products are usually a variety of alkanes and 
alkenes, especially the normal alkenes, with a little oxygen-
ated compound. The majority of alkenes are α-olefins which 
have a high economic value. Furthermore, sulfur, nitrogen, 
and aromatic hydrocarbons are very low (Egaña et al. 2018; 
Muleja et al. 2017; Nakhaei Pour et al. 2018). 1-decene and 
1-dodecene in linear α-olefins are the vital chemical raw 
materials for the production of surfactants, lubricants, and 
other products (Greiner et al. 2004). And the demand for 
1-decene and 1-dodecene has been increasing nowadays. 
In addition, oligomerization of ethylene and F–T synthesis 
are the main methods to produce linear α-olefins. Ethylene 
oligomerization (Belov and Matkovsky 2010; Dixon et al. 
2004) requires high cost and great environmental pollu-
tion. Moreover, the products conform to Poisson distribu-
tion. The F–T synthesis method is a process developed and 
used exclusively by the Sasol company in South Africa. 
The process separate high-quality linear α-olefins from the 
F–T flow through pre-separation, super-distillation, extrac-
tive distillation, and other steps (De Klerk 2012). However, 
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Sasol company can only separate 1-pentene, 1-hexene, and 
1-octene from F–T oil. There is no mature technology to 
separate 1-decene and 1-octene from F–T oil. At present, 
the methods for separating long-chain linear α-olefins from 
F–T synthetic oil include adsorption, complexation, and 
extraction (Ge 2014; Mi 2017; Wang 2016). Compared with 
distillation, efficient and safe third-party reagents required 
for adsorption, complexation and extraction are difficult 
to determine. The other separation methods require less 
energy consumption than distillation if suitable reagents 
are available.

The initial separation of F–T synthetic oil is a typical 
multi-component distillation process. The energy consump-
tion accounts for most of the capital cost. Therefore, the 
energy-saving design of F–T synthesis oil separation has 
become an important driving force for the development of 
F–T synthesis plants. In this respect, the DWC technology 
is a better choice. One DWC which realizes the thermal 
coupling between the two columns can produce two prod-
ucts at the same time (da Cunha et al. 2018; Kaibel 1987; 
Petlyuk 1965). Thus, it can reduce equipment investment 
costs. Meanwhile, the DWC reduces back mixing. It pro-
vides substantial energy savings of approximately 30% com-
pared to traditional distillation (Schultz et al. 2002). There-
fore, the application of DWC technology has a significant 
energy-saving effect for the separation of F–T synthetic oil. 
However, The F–T oil containing hundreds of compounds is 
difficult to converge in the simulation. Therefore, a single-
tower model with better convergence is used when simulat-
ing (Dejanović et al. 2010), which is the MultiFrac module 
in Aspen V11. Moreover, the economics of different DWC 
separation sequence is also different. It is mainly reflected 
in the operating cost (Yildirim et al. 2011).

Also, the products obtained from the initial separation of 
F–T oil are only mixtures, which contains α-olefins and other 
components with similar boiling point. To obtain α-olefins, 
especially 1-decene and 1-dodecene, differential pressure 
thermally coupled distillation (DPTD) can be adopted as a 
very effective method (Li et al. 2008; Zhang et al. 2015). In 
the DPTD process, a traditional distillation tower is replaced 
by two towers. The materials are transferred through a throt-
tle valve and a compressor. The condenser of the rectifying 
section operating at high pressure is more than 10 °C higher 
than the reboiler of the stripping section operating at low 
pressure. Therefore, the condenser can transfer heat to the 
reboiler so that only a small amount of external energy is 
required. However, the heat of the reboiler and the condenser 
cannot be completely coupled, so an additional reboiler or 
condenser is required. In addition, the cost of compressor 
and electricity needs to be considered, but it is small com-
pared to the cost savings.

In this study, we measured the thermodynamic data of a 
set of key components (i.e., 1-dodecene and n-dodecane) and 

adopted a set of existing thermodynamic data (i.e., 1-decene 
and n-decane) (Wang et al. 2016). The thermodynamic data 
was used to improve the accuracy of the simulation. The 
thermodynamic consistency adopts the Van Ness test. Then, 
one traditional distillation separation sequence (TDS) pro-
cess and two DWC processes, including an indirect DWC 
process (IDWC) and a direct DWC process (DDWC), were 
simulated and optimized to obtain fractions from F–T oil. 
Meanwhile, one traditional distillation (TD) process and 
one DPTD process were simulated and optimized to acquire 
α-olefins (i.e., 1-decene and 1-dodecene) from C10 and C12 
fractions. The reboiler duty and TAC of different separation 
sequences in the same procedure have been optimized and 
compared.

2 � Thermodynamic data acquisition

2.1 � Phase equilibrium experiment

The information on the reagents (i.e., 1-dodecene and 
n-dodecane) used are listed in Table S1 of supplementary 
material.

Our research uses a vapor–liquid double circulation bal-
ance kettle, which has been used by our team (Gao et al. 
2019; Li et al. 2014, 2016, 2018). The vapor–liquid bal-
ance device is shown in Fig. 1. The vapor–liquid equilibrium 
process takes place in the equilibrium chamber. Both vapor 
and liquid circulate in the device, reducing balance time 
and improving measurement accuracy. The apparatus was 
operated under vacuum conditions, and the measurement 
accuracy of the vacuum gauge (HC-YS100, Ru Yi Instru-
ments, Shanghai) was ± 0.4 kPa. Meanwhile, we calibrated 
the vacuum gauge with ultrapure water. The temperature 
was measured by a thermocouple thermometer (1552A-Ex, 

Fig. 1   The vapor–liquid double circulation balance kettle: 1-magnetic 
heating stirrer; 2-feeding port; 3-evaporation chamber; 4-thermom-
eter; 5-equilibrium room; 6-thermocouple thermometer; 7-junction 
port; 8-insulation layer; 9-condenser chamber; 10-sampling port; 
11-liquid-phase returning section; 12-discharge port; 13- vapor-phase 
returning section and 14-vacuum port
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Fluke, USA) which the accuracy was ± 0.01 K. The experi-
ment’s procedure is in supporting information.

Gas chromatography (Clarus 690, PE, USA) was used to 
analyze the compositions of vapor and liquid samples with 
PONA chromatographic column (50 m × 0.2 mm × 0.5 μm, 
Agilent) and flame ionization detector (FID). The nitrogen 
(mass fraction 0.99999) carrier gas flow rate was 1.0 mL/
min. The flow rates of hydrogen and air were 35 and 350 mL/
min, respectively. The sample injection volume was 0.5 μL, 
and the split ratio was 150:1. The temperature of the injector 
was 533.15 K as well as the detector. The chromatographic 
column temperature was 413.15 K for 20 min. Each sample 
was analyzed at least three times to ensure that the error is 
within ± 0.5%, and use the averaged data. The method used 
to analyze the measured chromatographic data was area nor-
malization method.

2.2 � Experimental results and consistency test

The results of VLE data for 1-dodecene and n-dodecane are 
shown in Tables S2 in Supplmentary Material. Assuming 
that the liquid and gas phases are both non-ideal, the activity 
coefficient �i was calculated by Eq. (1).

where xi represents the liquid phase molar fractions of com-
ponent i as well as yi represents the vapor phase molar frac-
tions, T  represents the temperature, �i and �V

i
 represent the 

fugacity coefficients of component i in the mixture system 
and pure system, respectively, p represents the total pressure, 
ps
i
 represents the saturated vapor pressure of component i , 

�i represents the activity coefficient of component i in the 
liquid phase, and V1

i
 represents the liquid molar volume of 

component i.
The ps

i
 could be obtained from the (Eq. 2).

 where C(1−7)i is the Antoine parameter as well as C8i and C9i 
are the effective range of the temperature. C(1−9)i were shown 
in Table S3 in Supplmentary Material.

The measured gas–liquid equilibrium data needs to be 
checked for thermodynamic consistency which principle 
is the Gibbs–Duhem equation (Valderrama et al. 2019). 
Thermodynamic consistency inspection can be divided into 
integral inspection (i.e., area test) (Fredenslund 2012; Her-
ington 1951) and point-by-point inspection (i.e., point test). 
The activity coefficients of 1-dodecene and n-dodecane are 
close to 1.0 as shown in Table S2 in Supplementary Mate-
rial, which are highly ideal systems so that the area test is 

(1)�iyip = xi�i�
V
i
ps
i
exp

(
1

RT

p

∫
c

V1
i
dp

)

(2)

lnps
i
= C1i +

C2i

T + C3i

+ C4iT + C5ilnT + C6iT
C7i ,C8i ≤ T ≤ C9i

not applicable (Kang et al. 2010; Yamamoto and Narahara 
2004). The second verification method Van Ness and his 
colleagues researched in this regard.

The Van Ness test (Liu et al. 2018) (i.e., point test) is 
used to verify each data point, the parameters involved are 
calculated by Eqs. (3) and (4):

where N represents the number of experimental points, exp 
and cal represent the parameters as experimental and simu-
lated values, respectively, where the simulated values are 
calculated by different thermodynamic models. As shown 
in Table S4 of Supplementary Material, Δp and Δy that cal-
culated by three activity coefficient models (Wilson, NRTL, 
and UNIQUAC) are both less than 1, indicating that the 
experimental data passes the thermodynamic consistency 
test and the experimental data is valid.

2.3 � Data regression

Three different activity coefficient models (Wilson, NRTL, 
and UNIQUAC) were used to regress from the experimental 
data of 1-dodecene and n-dodecane to check the thermody-
namic consistency and obtain the binary interaction param-
eters of the three models. The correlation equation is Eq. (5)

where � is the standard deviation.
Table S2 summarizes the absolute difference of tempera-

ture (i.e., ΔT ) and vapor-phase molar fraction of 1-dodecene 
(i.e., Δyi ) between the calculated values of the three ther-
modynamic models and the experimental values. The vapor 
pressure model parameters were adjusted to matching the 
experimental and fitted values for the pure components, as 
shown in Table S3 in Supplementary Material.

The root-mean-square deviation (RMSD) is used to 
express the degree of correlation between the experimen-
tal value and the calculated value. Table S4 summarizes 
the RMSD of the temperature (RMSD ( T  )) and the gas-
phase molar fraction of 1-dodecene (RMSD ( yi )) for the 
three models. RMSD ( T  ) and RMSD ( yi ) are calculated by 
Eqs. (6) and (7).
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Figure  2 shows the gas–liquid equilibrium data of 
1-dodecene and n-dodecane and the regression values of 
the three thermodynamic models (Wilson, NRTL, and 
UNIQUAC) on the experimental data. The absolute differ-
ence and RMSD showed from Table S4 are particularly low 
indicating that the obtained thermodynamic data is valid. 
However, there are some differences between the experi-
mental results and the theoretical correlated results. This 
may be due to systematic errors in experiment and ideal-
ity of the model. Wilson has the better correlation with the 
experimental value, so the Wilson model is used to separate 
1-dodecene from the C12 fractions in the simulation. Wil-
son's binary interaction parameters are shown in Table S5 in 
Supplementary Material.

3 � Process design and simulation

In this part, the F–T heavy oil separation processes as well 
as normal olefins and alkanes’ (i.e., C10 and C12) sepa-
ration processes were simulated. Then the processes were 
optimized with the goal of column heat load using Aspen 
Plus V11. Three processes for separating F–T heavy oil were 
designed, including a TDS process, an IDWC process, and 
a DDWC process. Moreover, the TD process was modeled 
to acquire 1-decene and 1-dodecene and optimized for col-
umn heat load. Then we established the DPTD process based 
on TD process. The thermodynamic model of F–T heavy 
oil separation was the BK-10 which was suitable for wide 

(7)RMSD
�
yi
�
=

�
1

N

∑�
ycal
i

− y
exp

i

�2 boiling point range under reduced pressure while normal 
olefins and alkanes’ separation were the Wilson. The BK-10 
was developed from the charts for both real components and 
oil fractions. The parameters for BK-10 are all built-in so 
that not need to supply them. To improve the accuracy of the 
second process simulation, this study searched some thermo-
dynamic data in literature. Import the thermodynamic data 
acquired into Aspen Plus V11 for the simulation of α-olefin 
separation from narrow cut. The Wilson interaction param-
eters involved in the simulation are shown in Table S5. The 
logic optimization of DWC is shown in Fig. 3 with the opti-
mization logic targeting reboiler duty is shown in Fig. 3a.

3.1 � F–T heavy oil separation process simulation

The products of F–T heavy oil’s initial separation were 
C8–C9, C10, C11, C12, C13, C14–C18, C19+ narrow frac-
tions. Among them, the C19+ fractions refer to the nar-
row fraction of C19 and the components with a boiling 
point greater than n-nonadecane. The composition of the 
F–T heavy oil is summarized in Table S6. The feed rate is 
73,009 kg/h, corresponding to the four million tons coal-
to-liquid scale, with 150 °C and 101.32 kPa. The operat-
ing pressure of the tower is 3.5 kPa so that the temperature 
of the tower kettle will not be too high to cause coking of 
the material. The product’s design specification is 96 wt%. 
The product refers to a narrow fraction containing α-olefins 
with different carbon numbers and components with simi-
lar boiling point to the corresponding α-olefins. The three 
separation processes of F–T heavy oil are shown in Fig. 4. 
The parameters were obtained with TAC as the optimiza-
tion goal.

For the TDS process (Fig. 4a), a design specification was 
made that the reflux ratio changes to ensure the purity of the 
top product. The pressure drop on the tray makes the number 
of trays have an optimal value. These distillation towers were 
optimized for the number of trays, top distillation rate, and 
feed position to minimize the reboiler duty.

The DWC which has a total of ten degrees of freedom 
is more difficult to design than the traditional distillation 
column with four degrees of freedom. Taking into account 
the diversity of F–T oil components, a single-tower model 
is used to design to make the calculation easier to converge. 
In the design, two-thirds of the number of plates in the two 
traditional distillation towers is usually used as the number 
of main tower plates in the DWC. This value is usually 
unchanged or changes very little during optimization, so 
we finally optimize the number of main tower plates. The 
number of plates in the initial distillation tower is usually 
one-third of the number of the main tower plates, and the 
placement of the dividing wall is at one-third of the main 
tower. Some design specifications were made that the reflux 
ratio and gas distribution ratio to ensure the quality of the 

Fig. 2   Gas–liquid equilibrium diagram for the 1-dodecene 
(1) + n-dodecane (2) at 3.36  kPa. Square, triangle, (x1, y1) measure-
ment data; red line, (x1, y1) Wilson model fitting results; green dashed 
line, (x1, y1) NRTL model fitting results; blue dashed line, (x1, y1) 
UNIQUAC model fitting results.
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Fig. 3   DWC optimization logic. 
a Energy minimum optimiza-
tion logic; b TAC minimum 
optimization logic
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products extracted from the top and sidelines of the tower. 
Optimizing the product quality of the tower kettle with the 
flow rate of sideline production. These DWCs were opti-
mized for the number of main tower plates, the number of 
initial distillation tower plates, dividing wall position, top 
distillation rate, liquid distribution ratio, sideline position, 
and feed position to minimize energy consumption.

For the IDWC separation sequence (Fig. 4b), We want 
to extract the products concerned about (C10 and C12 nar-
row fraction) from the top or bottom of the DWC to ensure 
the quality of the extraction in industrial production. The 
C8–C9, C10–C12, and C13–C29 products were extracted 
from the DWC Col-21, respectively. Subsequently, The 
C10–C12 products were pumped into DWC Col-22, and 
then the C10, C11, and C12 products were extracted from 
the DWC Col-22, respectively. Meanwhile, the C13–C29 
products were pumped into DWC Col-23, and the C13, 
C14–C18, and C19–C29 products were extracted from the 
DWC Col-23, respectively. We adopted IDWC because it 
is convenient to control the product quality of the C10 and 
C12 narrow fractions.

For the DDWC separation sequence (Fig. 4c), the C8–C9, 
C10, and C11–C29 products were extracted from the DWC 
Col-31, respectively. The C11–C29 products were pumped 
into DWC Col-32, and then the C11, C12, and C13–C29 
products were extracted from the DWC Col-32, respectively. 
Meanwhile, the C13–C29 systems were pumped into DWC 
Col-23, and the C13, C14–C18, and C19–C29 products were 
extracted from the DWC Col-23, respectively. The process 
which is similar to the traditional distillation process was 
adopted because it can be modified directly based on the 
conventional distillation separation.

The reboiler duty optimization results of the total theoreti-
cal trays (NT/NTM), feed stage (FS), condenser duty (QC), and 
reboiler duty (QR) of the three separation processes are shown 
in Table 1. It can be seen that compared with the TDS pro-
cess, the reboiler load of the IDWC process and the DDWC 
process were reduced by 4.7% (i.e., 804 kW) and 15.4% 
(i.e., 2612 kW) respectively and the condenser duty of the 
IDWC process and the DDWC process were reduced by 7.7% 
(i.e., 1302 kW) and 19.3% (i.e., 3260 kW), respectively. The 
reboiler load of the DDWC process is reduced by 11.2% (i.e., 
1808 kW) than that of the IDWC process which the energy 
consumption difference is mainly reflected in the first module 
of the separation sequence. The production flow rate in the 
middle section of the DDWC process is much smaller than that 
of the IDWC process so that the load in the tower is lower, so 
the reboiler duty is also lower. Therefore, the DWC process can 
significantly reduce energy consumption in multi-component 

separation which will have a great application in the separa-
tion of F–T oil.

3.2 � C10 and C12 ̨ ‑olefins separation process 
simulation

The C10 and C12 normal olefins and alkanes’ separation feed 
were the F–T heavy oil initial separation products with oxy-
genated component removed. The raw materials for the sepa-
ration process of C10 and C12 normal olefins and alkanes are 
shown in Table S7.

The separation processes of C10 and C12 normal olefins 
and alkanes are shown in Figs. 5 and 6, respectively. The prod-
ucts are 1-decene and 1-dodecene, respectively, with a purity 
of 95.0 wt%. For the separation process of these two products, 
a design specification was set that the reflux ratio changes to 
ensure the product quality from the top. As mentioned earlier, 
the pressure of two towers of the DPTD process was adjusted 
so that the temperature of the condenser in the rectifying sec-
tion is higher than the temperature of the reboiler in the strip-
ping section by more than 10 °C.

The C10 and C12 normal olefins and alkanes’ TD are 
shown in Figs. 5a and 6a, respectively.

In Fig. 5b, the DPTD rectifying section is Col-42 operating 
at 3.5 kPa, while the stripping section is Col-43 operating at 
18 kPa. The reboiler of Col-42 and the condenser of Col-43 
are thermally coupled through the main heat exchanger. Since 
the condenser duty of the DPTD process is greater than that of 
the reboiler duty, Col-43 requires an auxiliary condenser. Mass 
transfer is carried out between Col-42 and Col-43 through a 
throttle valve and a compressor. In Fig. 6b, The C12 normal 
olefins and alkanes’ DPTD process is similar to C10.

The reboiler duty optimization results of the total theo-
retical stage number (NT), feed stage (FS), condenser duty 
(QC), and reboiler duty (QR) of TD are shown in Table S8. 
If the distillation column is changed to the DPTD process, 
this means that the reboiler duty and condenser duty of 
12988 kW and 3512 kW will be saved in C10 and C12 pro-
cesses, respectively. And a certain amount of heat exchanger 
cost can be saved. However, DPTD requires an additional 
compressor and requires electrical energy to drive the com-
pressor to operate compared with TD. Therefore, it is nec-
essary to find a balance between the electrical energy con-
sumed and the thermal energy saved. Anyway, the DPTD 
process can be applied to the α-olefin separation process to 
reduce the capital cost in the α-olefin separation process.

4 � Economic estimation

In this part, the total annual cost (TAC) of the two proce-
dures of F–T heavy oil separation is estimated, and the opti-
mal parameters of the tower equipment are obtained with 

Fig. 4   Process and simulation results of F–T heavy oil. a Traditional 
direct distillation sequence process; b  Indirect dividing wall column 
process; c Direct dividing wall column process

◂
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TAC as the optimization goal as shown in Figs. 4, 5 and 6. 
Meanwhile, we made a TAC comparison of the different 
separation processes in the two procedures and found a low-
cost method to separate linear α-olefins from F–T heavy oil.

TAC can be obtained by Eq. (8), which mainly includes 
capital cost and operational cost. Capital cost includes 
tower, heat exchanger, packing, and compressor cost, while 
the operational cost mainly includes electricity, heating 
steam, and condensing water cost. Other cost is too little to 
be considered. The payback period was usually 3 years in 
the industry.

The capital cost of the column includes the cost of the 
column body and the cost of packing. The tower body cost 
in the capital cost was calculated by Eq. (9) where h and d 
represent the height of the tower and the diameter of the 
tower obtained from Aspen, respectively. The traditional dis-
tillation column β takes 1 while DWC takes 1.1 (Green and 
Southard 2019). For DWC, the tower diameter is replaced 
by the diameter of the traditional distillation tower under the 

(8)TAC = operational cost +
capital cost

payback period

Table 1   Summary of optimal reboiler duty of three F–T synthetic oil 
separation processes

Column NT/NTM FS RR QR (kW) QC (kW)

TDS process
 Col-11 21 13 6.89 1604 − 2880
 Col-12 29 14 3.37 3107 − 2363
 Col-13 30 15 3.45 3087 − 2707
 Col-14 37 18 3.55 3227 − 2793
 Col-15 30 16 3.77 2721 − 2726
 Col-16 19 7 0.36 3252 − 3401

IDWC process
 Col-21 34 16 11.97 5034 − 4746
 Col-22 39 19 9.70 5902 − 5766
 Col-23 28 8 8.40 5258 − 5056

DDWC process
 Col-31 29 16 11.00 3960 − 4452
 Col-32 45 19 5.60 5168 − 4102
 Col-33 28 8 8.40 5258 − 5056

Fig. 5   Process and simulation results of the C10 α-olefins separation. 
a TD process, b DPTD process

Fig. 6   Process and simulation results of the C12 α-olefins separation. 
a TD process, b DPTD process
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same parameters. The packing is Mellapak which HETP is 
0.3 m (Fitz et al. 1999), and the cost of packing are calcu-
lated by multiplying the price of the packing by the volume 
of the tower. The price of the filler (Douglas 1988) is shown 
in Table S10 in Supplementary Material.

The cost of the heat exchanger is obtained from Eq. (10). 
The heat exchanger area A is calculated by the heat transfer 
formula. The total heat transfer coefficients of the reboiler 
and condenser are 500 W/(K m2) and 910 W/(K m2) respec-
tively, and the total heat-transfer coefficient of the heat 
exchanger is 700 W/(K m2). The cost of the compressor 
(Calise et al. 2007) was obtained from Eq. (11), where W 
represented the work consumed.

The operational cost was calculated based on the heat 
load of heat exchangers and the power of the compressor. 
For the compressor, the isentropic efficiency is 0.75 and the 
mechanical efficiency is 0.95. The prices of utility are shown 
in Table S10. The cost of steam, cooling water, and elec-
tricity (Al-Arfaj and Luyben 2002; Douglas 1988; Green 
and Southard 2019) is as follows Eqs. (12)–(14). Details 
of the capital cost for those processes are also shown in 
Table S11 in Supplementary Material.

4.1 � F–T heavy oil separation process simulation

The optimization logic targeting TAC is shown in Fig. 4b. 
The TAC optimization results of the total stage number (NT/
NTM), reboiler load (QR), and condenser load (QC) for the 
three separation configurations are summarized in Tables S9 
and S12 in Supplementary Material. The economic estima-
tion results of the three F–T heavy oil separation processes 
are shown in Table 2. Since DWC couples two traditional 
columns into one column, a reboiler and condenser can be 
saved, so the DWC process can reduce the capital price. As 

(9)Costcolumn = 28047 β
(
d

m

)1.066( h

m

)0.802

(10)Costheat exchanger = 5563.07
(
A

m2

)0.65

(11)Costcompressor = 91562
(
W

445

)0.67

(12)Coststeam = 63504Cs

QR

λV

(13)Costcooling water = 689CWQC

(14)Costelectricity = CEWcom × 8000 × 3600

expected, the capital cost of the IDWC and the DDWC pro-
cesses is reduced by 13.0% (i.e., 3.5 × 105$) and 17.1% (i.e., 
4.6 × 105$) compared to the TDS process, respectively. The 
TAC, operating cost, and capital cost of the initial separation 
process of three F–T heavy oil are shown in Fig. 7a.

The duty of the reboiler and condenser of DWC is lower 
than that of TDS, which reduces the consumption of the 
steam and condensate. Therefore, the operational cost of 
IDWC process and DDWC process is reduced by 3.7% (i.e., 
3.5 × 105$) and 13.0% (i.e., 1.23 × 106 $) compared with TDS 
process. However, the DWC process increases the consump-
tion of high-pressure steam compared with TDS, which 
undoubtedly reduces the possibility of DWC achieving lower 
TAC. In addition, operational costs account for 77%–80% in 
three processes, thus the DWC process which reduces the 
back mix that improves thermal efficiency can significantly 
reduce TAC. Therefore, the TAC of the DDWC process is 
13.8% (i.e., 1.68 × 106 $) and 8.5% (i.e., 9.7 × 105 $) lower 
than the TDS process and the IDWC process, respectively. 
Besides the lower reboiler load of the DDWC process, the 
DDWC process can also use low-pressure steam as a heat 
source is also a general reason. It can be seen that DDWC is 
the most economical separation process for separating F–T 
heavy oil.

4.2 � C10 and C12 α‑olefins separation process 
simulation

The TAC optimization results of the total stage number (NT/
NTM), reboiler load (QR), condenser load (QC), and com-
pressor power (Qcomp) for the two separations are shown in 
Table S13 in Supplementary Material. Meanwhile, Table 3 
summarizes the cost results of the C10 and C12 normal ole-
fins and alkanes’ separation processes. For the C12 normal 
olefins and alkanes’ DPTD process, the Col-43 condenser 
can transfer heat to the Col-42 reboiler, but the Col-42 con-
denser duty is larger, so only a small amount of condensed 
water is required. Therefore, a lot of energy consumption 
can be saved in the DPTD process. Nevertheless, the cost of 
the compressor and the corresponding electricity cost also 
account for a larger proportion of the DPTD process. The 
TAC, operating cost, and capital cost of the normal olefins 
and alkanes’ separation process are shown in Fig. 7b. In gen-
eral, the TAC reduces by about 47.5% (i.e., 1.88 × 106$) for 

Table 2   Summary of TAC of three F–T heavy oil separation pro-
cesses

Item TPC IDWC DDWC

TAC​ 1214 1143 1046
Operating cost 945 910 822
Capital cost 269 234 223
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the DPTD processes. Therefore, the DPTD process can be 
used for the separation of 1-dodecene. However, limited by 
thermodynamics, the separation of 1-decene and n-decane 
in the high-pressure column required a large reflux ratio and 
the number of trays for the C10 normal olefins and alkanes’ 
DPTD process. It caused the circulation flow rate and the 
compression ratio of the compressor to be too large, which 
makes the compressor and electricity cost account for a rela-
tively large amount, but the DPTD process still saves cost 

4.5% (i.e., 3.3 × 105 $) than the TD process. Therefore, the 
DPTD technology is a better choice during the normal ole-
fins and alkanes’ separation process.

5 � Conclusions

The vapor–liquid equilibrium (VLE) data measurement of 
1-dodecene & n-dodecane is verified by the Gibbs–Duhem 
equation, which shows that the data obtained is effective 
and can be imported into the Aspen Plus. Therefore, the 
simulation accuracy of the normal olefins and alkanes’ 
separation process can be improved. Then, the three pro-
cesses of F–T heavy oil and two processes of normal ole-
fins and alkanes were simulated and optimized by Aspen 
Plus V11. The results show that, compared with TDS, the 
IDWC and DDWC processes can reduce energy consump-
tion by about 4.7% (i.e., 804 kW) and 15.4% (i.e., 2612 kW), 
respectively, while TAC by about 5.8% (i.e., 7.1 × 105 $) and 
13.8% (i.e., 1.68 × 106 $), respectively. In addition, under 
the same product purity and distillation rate, the TAC of the 
DPTD process is lower than the corresponding TD by 4.5% 
(i.e., 3.3 × 105 $) and 47.5% (i.e., 1.88 × 106 $), respectively. 
Therefore, the combination of the DDWC process and the 
DPTD process can separate linear α-olefins from F–T oil at 
a low cost. This represents two novel technologies and will 
also have broad prospects in other multi-component separa-
tion and purification.

Supplementary Information  The online version contains supplemen-
tary material available at https://​doi.​org/​10.​1007/​s40789-​022-​00527-8.
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process

Table 3   Summary of TAC of normal olefins and alkanes’ separation 
processes

 Item C10TD C10DPTD C12TD C12DPTD

TAC​ 734 701 535 340
Operating cost 504 383 340 137
Capital cost 230 318 196 203
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